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Syngas formation by selective catalytic oxidation of liquid
hydrocarbons in a short contact time adiabatic reactor
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Abstract

The research of pilot plant scale explores syngas formation from such liquid fuels like isooctane and gasoline by selective catalytic oxidation
at short contact times in nearly adiabatic reactor operating with the representative throughputs. The original monolithic catalysts with different
(microchannel ceramics and metallic honeycomb structure) supports have been used in the experiments. The results demonstrated that over
the range of the operational parameter O2/C = 0.50–0.53 required for syngas generation, equilibrium synthesis gas was produced over the
catalysts employed, thus proving some evidence of their high activity and selectivity. Pre-reforming of fuel with releasing of some chemical
energy before the catalytic monolith can occur in reactor. Both feed composition and superficial velocity affect the pre-reforming process.
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he phenomenon may be favored in syngas production because of a milder catalyst temperature mode is created. In general, axia
rofile depends on catalytic composition in the frontal part of monolith, while the back-face catalyst temperature controls equilibrium
as. Minimal both longitudinal and transversal temperature gradients were observed in the metallic catalytic monolith in compar
icrochannel ceramic one. This helps to decrease deformations and thermal stresses in monolithic catalysts at the process perfo
2004 Elsevier B.V. All rights reserved.
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. Introduction

At present, hydrogen is believed to be the fuel of choice for
he future automotive applications. There is a large current in-
erest of discovering new ways to convert current transporta-
ion liquid fuels, such as gasoline or diesel to high-content
ydrogen and combustion products by on-board processing

1,2]. One of the ways to generate hydrogen-rich gases is
hydrocarbon reforming to produce synthesis gas or syn-

as (H2 + CO). Gasoline and diesel fuels are very complex
ixtures, which both contain compounds such as aromatics

hat are hard to reform[3], therefore, in practice liquid fu-
ls are converted to predominantly CH4 in a pre-reformer
nit [4]. Selective oxidation of hydrocarbons in monolithic
atalysts at very short contact times has a great promise for
n-board processing because it is capable of producing even
ighly non-equilibrium products with no carbon formation
sing reactors that are much smaller and simpler than with
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conventional technology. Two leading liquid fuel reform
techniques are considered to be the candidates for trans
tion application[5]: direct partial oxidation, intensively stu
ied by Schmidt and co-workers in Minneapolis[6–8], and
so-called indirect partial oxidation, i.e. combination of p
tial oxidation and steam reforming in stand-alone cata
system, viewed as authothermal reforming, represente
Argonne National Laboratory[2,9,10]. Both of the oxidation
reforming processes in monolithic catalysts at short co
times are autothermal and nearly adiabatic because the
heat generation is large. After light-off, the reactions usu
run to completion of the limiting reactant. No reactor preh
was necessary other than that required to vaporize the
Depending on the catalyst used the reforming reactions
require temperatures of 700–1200◦C [2,11].

For transportation application monolithic catalyst sho
exhibit a high activity, thermal and mechanical stability. T
structure of the catalyst is important for reducing mass
heat transfer resistances and thus maintains a high o
throughput. Moreover, gas-phase reactions can be supp
385-8947/$ – see front matter © 2004 Elsevier B.V. All rights reserved.
oi:10.1016/j.cej.2004.12.027
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by minimization the void volume between catalytic surfaces.
Ceramic monoliths, foam or extruded one, are commonly
used as supports for the structured catalysts.

The research explores syngas formation from liquid fu-
els such as isooctane and reformulated gasoline, in a nearly
adiabatic reactor at short contact times with representative
throughputs in a pilot plant scale. The Institute of Catalysis
proprietary monolithic catalysts with microchannel ceramics
and metallic honeycomb support structure[12,13]have been
used in the process performance.

2. Experimental

2.1. Catalysts

The monolithic catalysts were prepared according to pro-
cedures described in details in[12,13]. To synthesize compos-
ite ceramometal microchannel monoliths, a powder of alu-
minum (a commercial PA-4 grade) as well as CeO2 (40 wt.%,
prepared by decomposition of nitrate) were used as raw ma-
terials. To form the transport microchannels along the mono-
lith length, easily burned organic fibers were inserted into
the cermet matrix before the hydrothermal treatment (HTT)
stage by a proprietary procedure[11]. The channels run-
n l
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followed by drying and calcination in air at 900◦C. The inlet
and outlet parts of a monolith were separately promoted by
Rh or Ru + La by two additional impregnations with corre-
sponding solutions followed by drying and calcination.

For catalysts based upon thermal conducting metallic sub-
strates (4700 m2/m3, porosity∼ 0.8), the first preparation
stage includes supporting of a thin (∼5–10�m) protective
corundum sublayer on a fecraloy foil (50–100�m thickness)
by blast dusting technique[12]. Monolithic substrates are
obtained via stacking a flat and corrugated foils and wind-
ing them into an Arkhimed spiral. Secondary Ce–Zr–La–O
mixed oxide support is coated via a standard washcoating
procedure using an alumina hydroxide as a binder. LaNiPt
(1 wt.%) and LaRu (1 wt.%) active components were succes-
sively supported via wet impregnation followed by drying
and calcination at 900◦C.

2.2. Experimental apparatus and materials

2.2.1. Flow scheme
The experimental results reported in this work were

obtained using high purity isooctane and commercial desul-
furized reformulated gasoline as fuels and the oxygen of air
as an oxidant. Flow rates and compositions of inlet reactants
(including distilled water addition) were altered in the exper-
i ram
s pes
o t.%.
A n of
g fuel
r
i m a
h s-flow

tion con
ing along the monolith length (diameters∼ 0.5 mm, channe
ensity∼ 300 cpsi, porosity∼ 0.3) are intersected by narro
∼0.1 mm) channels winded into spirals and separate
istances∼0.05 mm. The mixture of aluminium and Ce2

oaded into a special die was subjected to HTT at 20◦C
ollowed by calcination in air at 900–1200◦C. Platinum an
aNiO3 as basic active components were introduced by

ncipient wetness impregnation with corresponding solut

Fig. 1. Chromatogram of reformulated gasoline. Opera
ments. Gasoline composition is illustrated by chromatog
hown inFig. 1. The tested gasoline contained 191 ty
f hydrocarbons. Amount of aromatics was about 40 w
ccording to analysis data, the averaged compositio
asoline required for estimation of a stoichiometric air/
atio in the feed corresponds to C7.2H13.36. To control the
nlet feed flow rates and composition, air entering fro
igh-pressure host system was adjusted using a mas

ditions: DB-1 column 60 m, programming 20–300◦C, 4◦C/min.
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Fig. 2. Schematic of the monoliths assembling in the quartz tube.Tin, T1–T6,
thermocouples.

controller (Brooks), while the liquid fuels and distilled water
were metered with plunger pumps. Heating, vaporization
and mixing fuel with air occurred simultaneously inside a
stainless steel tube (length of 3 m, i.d. 30 mm) filled with
Rashig rings (d= 7 mm), positioned into fluidized bed heater
to keep an uniform temperature along the tube. The tube wall
was heated up to 350◦C, depending on the inlet temperature
required in the reactor for a given feed and catalyst. A
vertical reforming reactor (for details see below) was fixed
on the top of the fluidized bed heater. Exit gas samples were
taken periodically directly after the blank monolith served
as a heat shield downstream from the catalyst. The reactor
product gases were incinerated in a fume hood and vented.

2.2.2. Reactor
All experiments have been carried out with a reactor spe-

cially designed to operate with a maximum of 90% adia-
baticity. Catalytic monoliths of different diameters and length
were utilized. A catalytic monolith and three blank 80 ppi un-
coated honeycomb cordierite monoliths (10 mm thickness)
served as heat shields were housed into a quartz tube of re-
quired diameter according to the scheme shown inFig. 2.
Chromel–alumel thermocouples were used to control the
temperature at selected points of this package. The distance
between two blank monoliths placed upstream the catalytic
o inner
q ith
t was
c artz

tube was placed into stainless steel 85 mm diameter reactor.
Empty space between the metal and quartz tube walls was
thoroughly closed up with clay and alumina–silica fibers.

2.3. Methods

Gas composition was analyzed by GC method at using
“Zvet –500” chromatograph equipped with Porapac Q, ac-
tivated carbon and zeolite NaX columns in a series/bypass
arrangement. Inert nitrogen was a standard in the procedure
of balance calculations. Carbon balance was typically closed
within 6%.

In general, an experimental procedure was performed as
follows. Air blown through the fluidized bed heater was ad-
mitted first to heat the reactor. If the catalyst temperature was
not sufficient to light-off the catalyst, the electrical coil wound
around the quartz tube was switched-on to ignite the reaction.
The reaction was shut down by stopping first the air supply,
then the fuel and water. Inert gas was used occasionally to
lower the temperature in the catalyst bed.

Ranges of experimental conditions applied are shown in
Table 1.

3. Results
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ne was about 10 mm. Bypassing of gases along the
uartz wall was prevented by wrapping the monoliths w

hin alumina–silica fibers. An electrical resistance wire
oiled over the quartz tube to light-off the catalyst. The qu

able 1
anges of experimental conditions applied in adiabatic reactor cataly

arameters Microchannel monolith CeO2 + Al

atalyst LaNiPt: 7.8 wt.%, LaRu: 0.87 w
0.02 wt.%

atalytic monolith size and volume Diameter: 46 mm, length: 23
ight-off temperature (◦C) 275–245

nlet feed temperature (◦C) 200–270
low rates of reagents Isooctane: 0.350 kg/h, air: 1.2
.1. Thermodynamic considerations

In general, reforming process considered for the pro
ion of syngas from the fuels can be expressed as follow

uel (CnHm) + air + steam

= carbon oxides+ hydrogen+ nitrogen, �H

he process is carried out in the presence of a catalyst, w
ontrols the product composition. A desirable future of
atalyst is a close approach to the thermodynamic eq
ium. Fuel/air/steam ratio determines both hydrogen y
n the product gas (reformate) and the energy releas
bsorbed by the reaction and hence, the adiabatic rea

emperature.
The operation conditions and process intensity, y

f the products desired and power consuming, as we
he ways for intensification of the process performa
an be clarified on the basis of thermodynamic laws.
ork employs a series of multi-component equilibri

eriments

Metal honeycomb (FeCrAl) monolith

nt-face Rh: LaNiPt: 1 wt.%, LaRu: 1 wt.%

.2103 mm3 Diameter: 55 mm, length: 45 mm, 107–214× 103 mm3

280–420
200–320

m)/h Isooctane: 0.757 kg/h, air: 3 m3 (n)/h; gasoline:
0.757–1.86 kg/h, air: 3.58–6.90 m3 (n)/h, water: 0–2.3 kg/h
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Fig. 3. Thermodynamic predictions of equilibrium gas composition pro-
duced in the isothermal partial oxidation of isooctane with air as a function
of temperature (O2/C = 0.48).

calculations. Reforming isooctane, as a standard reference
fuel for gasoline was used in the thermodynamic analysis.
Thermodynamic equilibrium in both isothermal and adiabatic
reactors was calculated by varying the tunable parameters
of the process, such as fuel/air (expressed as O2/C molar
ratio) and water/fuel (H2O/C molar ratio), with a purpose
of determining operating temperature, maximum hydrogen
yield, and adiabatic temperature rise available. Equilibrium
calculations were performed for each experiment as well.
Specified reaction stoichiometry was used for carrying out
the computations. The condition that the Gibbs free energy
of the reacting system including such components as H2, CO,
CO2, H2O, CH4, C2H4, C2H6 was at a minimum at equilib-
rium was used to calculate the resultant mixture composition.
Computations were executed with HYSYS simulator soft-
ware (HyproTech HYSYS Process v2.2 AEA Technology).

3.1.1. Effect of the fuel/air ratio
The thermodynamic limits for the case of isooctane selec-

tive oxidation in the isothermal reactor are shown inFig. 3.
In the range of 800–1200◦C, which is a practical temper-
ature range of the process, concentrations of syngas key
components—hydrogen and carbon monoxide change only
weakly. At high temperatures, a small increase in the hy-
drogen content is accompanied by appearance of secondary
hydrocarbons in the equilibrium mixture. In the real exper-
i n the
t tivity
a
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Fig. 4. Plot of thermodynamic equilibrium concentration of hydrogen and
CO in the product gas and corresponding adiabatic temperature rise vs. O2/C
molar ratio in the feed (Tin = 270◦C).

(Tin) of 200◦C for example, equilibrium product gas in adia-
batic reactor would have the temperature of 850◦C over the
wide range of O2/C ratio up to the value of 0.5. With further
dilution of the feed with air both the concentration hydro-
gen and carbon monoxide strongly decline because excess of
oxygen in the feed oxidizes H2 and CO to H2O and carbon
dioxide resulting in increasing the adiabatic temperature rise,
hence operational temperature in the adiabatic reactor.

3.1.2. Effect of the water/fuel ratio
The presence of steam in the feed mixture changes the

thermodynamic behavior of the reforming process consid-
erably (Fig. 5). Autothermal reforming occurs at relatively
low operational temperatures. The maximum concentration
of hydrogen is observed at 700–750◦C. Thermodynamic lim-
itations reveal a low tendency to the by-product hydrocarbons
formation. Hydrogen concentration increases due to convert-
ing carbon monoxide to carbon dioxide with releasing thus
one molecular of hydrogen from a molecule of water.Fig. 6

F pro-
d O
r

ments, the content of by-products depends not only o
emperature and fuel/air ratio, but also on the catalytic ac
nd a monolith structure[6]. Increasing O2/C molar ratio up

o stoichiometric value of 0.5 affects the hydrogen conce
ion rather than CO, as shown inFig. 4. The maximum con
entration of hydrogen of 27.54% is observed at O2/C = 0.5.
he concentration of carbon monoxide holds near 23.7%

he range of O2/C = 0.42–0.5 at the given inlet temperatu
he operational temperature in the adiabatic reactor is de
y the adiabatic temperature rise at given inlet condition

he range of O2/C ratio considered, the adiabatic tempera
ise is nearly constant with the average value being clo
50◦C (Fig. 4). It means, that at the inlet feed tempera
ig. 5. Thermodynamic predictions of equilibrium gas composition
uced in autothermal reforming of isooctane versus temperature with2/C
atio = 0.48, H2O/C ratio = 0.66.
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Fig. 6. Concentration of hydrogen (on a dry basis) in the product gas and
adiabatic temperature rise for autothermal reforming ofi-octane or its mix-
ture with toluene vs. the O2/C ratio in the feed according thermodynamic
predictions (Tin = 270◦C).

depicts an influence of the O2/C molar ratio in the feed con-
taining i-octane or its mixture with toluene as fuels, on both
the maximum achievable percentage of hydrogen in the prod-
uct gas and adiabatic temperature rise for the chosen molar
ratio of H2O/C = 0.66. Theoretically, the highest percentage
of H2 is observed under steam reforming conditions. At air
addition, the concentration of hydrogen in the product gas di-
minishes because of the dilution effect, and also because more
hydrogen is converted to H2O. As it can be seen in the same
figure, an adiabatic temperature rise depends exponentially
on the air/fuel ratio. The higher dilution, the higher adiabatic
temperatures rise is and, hence, the operational temperatures
in the adiabatic reactor.

Due to a lower adiabatic temperature rise in comparison
with the partial oxidation, a higher preheat temperature is re-
quired in an autothermal reforming performance. To achieve
the autothermal operation temperature desired, e.g. 750◦C,
the feed mixture consisting of fuel, water and air must be
heated up to a higher temperature, a lower respective adi-
abatic temperature rise is (Fig. 6). The maximum reformer
efficiency around 80% is achieved at the preheat temperature
for the fuel–water–air mixture around 300◦C, as it was found
in [14].

Toluene is typically the largest aromatic component in
gasoline.Fig. 6illustrates the effect of aromatics in the fuel on
its reforming to synthesis gas. At the same O/C ratio, toluene
a tem-
p e rise
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Fig. 7. Thermodynamic predictions of influence of H2O/C ratio in the feed
(Tin = 270◦C) on both concentration (left-axis) and hydrogen yield.

at increasing the value of H2O/C up to ∼ 1. This value
corresponds to the maximum reformer efficiency, because
further increasing in the hydrogen yield requires an addi-
tional energy input to dry the reformate gas. The maximum
reformer efficiency at the ratio H2O/C = 0.7 was found by
Docter and Lamm[14] in the thermodynamic calculations of
equilibrium in adiabatic reactor for a mixture of 35% hexane,
25% hexane and 40% xylol with a general formula C7H12.

3.2. Experimental results

3.2.1. Microchannel monolith (Table 1)
Selective oxidation of isooctane with air has been investi-

gated over the microchannel catalytic monolith (seeTable 1).
In the related experiments, the flow rate of isooctane was
fixed at 0.350 kg/h, flow rates of air were varied from 1.2
to 1.38 m3/h. These flow rates correspond to the operational
parameter O2/C = 0.458–0.527. The appropriate catalyst
contact time slightly varied within 0.094–0.108 s, while the
superficial velocity (at STP) was of 0.20–0.24 m/c at the total
feed flow rates. The light-off temperature for the pristine
(fresh) catalyst utilized in isooctane reforming was about
275◦C, while in further runs the temperature of 246◦C was
detected.

Fig. 8 shows both the front- and back-face catalyst tem-
peratures in the steady-state modes of isooctane selective ox-
i e
f ther-
m let
p onds
b of
2 cter-
i lith
s

rise
w the
l
d
t .
T the
2
ddition decreases the hydrogen yield, but operational
erature increases due to a higher adiabatic temperatur
imilar results were obtained by O’Connor et al.[6] at feed-

ng toluene–isooctane–air mixture into the experimental s
ontact time reactor.

The catalyst affects the relative contribution of
othermic and exothermic reactions in an autothermal
rocessing. However, at given characteristics of the
inlet temperature and O2/C ratio), there is an equilibriu
imit for the relative content of hydrogen in syngas, eve
he case of a highly active catalyst (Fig. 7). Steam additio
ncreases the hydrogen percentage in the product s
.

dation at various O2/C ratios. As O2/C ratio increases, th
ront-face temperature increases too due to the high exo
icity of the local oxidation reactions occurring in the in
art of the monolith. The back-face temperature resp
adly to altering the inlet conditions. The difference
00–250◦C between the front and back faces is chara

stic of both reforming chemistry and the catalytic mono
tructure.

Comparing an experimental adiabatic temperature
ith the theoretical one showed poor adiabaticity for

ow throughput experiments. At the ratio O2/C = 0.5 the
ifference between the feed stream temperature (Tin) and

he back-face temperature (T4) of 560◦C was registered
heoretical adiabatic temperature rise for reforming of
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Fig. 8. Steady-state front-face (face) and back-face (end) catalyst tempera-
tures measured by T3 and T4 thermocouples (Fig. 2) vs. O2/C parameter.

isooctane–air mixture was about 643◦C (seeFig. 4). The
difference of 83◦C, or 13% is characteristic of the heat
loss at given both flow rates and reactor design. Indeed, the
effect of these losses becomes apparent from the fact that the
temperatures measured at the quartz tube wall (see T5 and
T6 in Fig. 2) were of 90◦C (9–11%) less than corresponding
axial temperatures. It was the lowest throughput experiment
with the poorest adiabaticity observed. At higher flow rates
the rate of heat generation increases causing the reactor to
operate closer to adiabatic one.

At the feed flow rate, which resulted in superficial velocity
of 0.2 m (STP)/s the temperature measured by the thermo-
couple T2 mounted between two blank monoliths placed
upstream of the catalyst gradually went up with the run time.
The steady-state mode with T2 temperature of about 600◦C
(Fig. 9, set 1) was settled down in 30 min after light-off.
This temperature was high enough to initiate pre-reforming
reactions upstream of the catalyst. We have revealed the same
phenomenon at the superficial velocity of 0.27 m (STP)/s on
isooctane reforming over identical catalytic foam (20 ppi)
monolith with only one heat shield placed upstream (not
shown in this paper for brevity). The gradual increasing of
the heat shield temperature up to about 350◦C was followed
by the abrupt rise of the temperature up to 800◦C, while

F e (set
1

descending the front-face catalyst temperature was observed.
In steady-state mode, nearly uniform axial temperatures in the
range of 850–900◦C were achieved over both the front heat
shield and catalyst. This could be a result of nonselective ther-
molysis and pre-reforming reactions occurred in front of the
catalyst. Indeed, homogeneous reactions are known to play
a prominent role in the reactions of hydrocarbon selective
oxidation. Thus, for the reaction of butane partial oxidation
studied in the presence of Pt–Rh gauze and in an empty tubu-
lar reactor under identical conditions, Marengo et al.[15]
observed a fast transition from heterogeneous to homoge-
neous reaction mechanism at the temperature around 380◦C.
These results show that a reaction front can be stabilized in
the inlet section of the reactor, where butane is converted to
partial oxidation products: (C1–C4)—olefins and oxygenates.
A mechanism involving free radicals is also known to control
the oxidation of butane and higher alkanes in the region of
cool flames, near the borderline of the explosion region[16].

In our experiments described above, the gas samples taken
in 10 min after light-off and at the steady-state mode with the
high temperature upstream the catalytic monolith were found
to differ only slightly in the syngas key components. Namely,
25.5% H2, 21.6% CO, 2.2% CO2 after light-off, and 28.6%
H2, 24.6% CO, 0.34% CO2 in the steady-state mode were
detected. This suggests that syngas yield is slightly affected
by speculated pre-reforming reactions occurring in the front
s ture
g

is
a ions
w exit
t een
( ters
O lose
a equi-
l t. For
t fect
t .

F redic-
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ig. 9. Axial temperatures measured along the reactor with the pristin
) catalyst and after sintering procedure (set 2) (O2/C = 0.504).
hield. Nevertheless, they could favor a lower tempera
radient along the catalyst bed.

A close approach to the thermodynamic equilibrium
desirable feature of the catalyst. Equilibrium calculat
ere performed for each experiment basing on the

emperatures for the given feed composition. It is s
Fig. 10), that over the range of the operational parame
2/C = 0.50–0.53 required for syngas production, a c
pproach mentioned above is achieved. Accordingly, an

ibrium synthesis gas is indeed produced over the catalys
he rich feed (O2/C < 0.5), reactions kinetics seems to af
he reforming process thus departing it from equilibrium

ig. 10. Experimentally measured (symbols) and thermodynamic p
ions (curves) of concentration of components in the product gas vs.2/C
atio in the feed stream.
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Fig. 11. Closed symbols exhibit experimental data of concentrations of H2

and CO in the product gas, the front- and back-face temperatures for the partly
sintered catalyst (0.350 kg/h isooctane). Comparable experimental data for
the pristine catalyst are exhibited by the open symbols. Data at O2/C = 0.56
corresponds to 0.525 kg/h isooctane flow rate.

The idea of the next set of experiments was to show that
changing the catalytic composition in the frontal part of the
catalytic monolith affects a temperature profile in the cat-
alytic monolith due to changing reforming chemistry. The
microchannel catalyst was partly sintered during the short-
term (3 min) temperature excursion up to 1250◦C caused by
decreasing the fuel flow rate. After renewing flow rates, the
front-face temperature went down by 250–300◦C, while the
catalyst back-face temperature was kept unchanged at around
800◦C (seeFig. 9, set 2). Overheating appears to cause evap-
oration of Rh (0.02%wt) supported within inlet (∼2 mm) part
of the catalyst. This seems to coincide with a drop in their
catalytic activity in exothermic reactions. With reference to
Fig. 11, this resulted in a milder thermal mode of the catalyst
operation with a low axial temperature gradient. However,
the product gas composition was determined by equilibrium
at the exit temperature. Only at high isooctane flow rates the
front-face temperature exceeded the back-face temperature
in the sintered catalyst due to a higher heat generation (see
Fig. 11).

In all experiments with the microchannel monolith, C2–C3
components were not detected in product gas.

3.2.2. Metal honeycomb (FeCrAl) monolith (Table 1)
For this catalyst, both partial oxidation and authothermal

r have
b with
t
T d
∼ cat-
a

3 ed
b ile
m 0.757
a ities
( The

Fig. 12. Gasoline partial oxidation with air. Axial temperatures along the
reactor with one metallic honeycomb monolith: (1) shortly after light-off;
(2) 1 h later.

inlet temperature, air and water supply were varied in the
experiments. Representative results of the experiments are
listed inTable 2. Of particular note inTable 2is the increase
of about 100◦C in the catalyst temperature observed for gaso-
line compared with that for isooctane reforming at the same
molar O2/C ratio.

The same phenomenon of elevation of the temperature up-
stream catalytic monolith was observed in the gasoline par-
tial oxidation experiments at superficial velocity of 0.45 m
(STP)/s (Table 2, mode 3 andFig. 12). Increasing the T2
temperature from 220 to 520◦C coupled with decreasing the
front-face catalyst temperature from 1185 to 1085◦C was
monitored. Thermocouple T2 measured a gas phase temper-
ature of the feed directly in the face of a heat shield adja-
cent to the catalyst. It means that the temperature in the heat
shield of itself was higher than the bulk gas phase temperature
measured upstream. The observations are consistent with the
assumption that pre-reforming reactions accompanied with
releasing of some chemical energy occur, thus evolving a re-
action front upstream the catalyst. At isooctane reforming
this effect was detected at superficial velocities lower than
0.3 m (STP)/s. It looks like a fuel composition is most likely
to affect the velocity limit.

Therefore, superficial velocity is one of the critical oper-
ational parameter at the process performance.

As follows from Table 2, a product gas is a function of
b rtial
o
t yn-
g
i
w -
t ivity
o

3 e
e t in
t sults
a e
t rtion
eforming processes using isooctane as well as gasoline
een experimentally investigated. In the first experiment

he pristine catalyst, the light-off temperature was∼420◦C.
he ignition temperatures of∼280–320◦C for isooctane an
350◦C for gasoline were detected for used (activated)
lyst in further experiments.

.2.2.1. Load of onemonolith.In the experiments describ
elow liquid volumetric flows of both fuels were equal, wh
ass flow rates of isooctane and gasoline amounted to
nd 0.893 kg/h, respectively due to the different dens
0.682 g/ml for isooctane and 0.775 g/ml for gasoline).
oth the feed composition and the fuel reformed. In pa
xidation of gasoline–air mixture with the ratio O2/C = 0.53

he molar ratio of hydrogen and carbon monoxide in s
as∼0.84 correlates with corresponding H2/C ratio≈ 0.93

n gasoline (C7.2H13.36). Reforming of isooctane (C8H18
ith H2/C≈ 1.13) gives synthesis gas with H2/CO molar ra

io ≈ 1.1. These results show a high activity and select
f the metallic monolith tested.

.2.2.2. Load of two monoliths.The idea that motivated th
xperiments was to clarify an effect of altering throughpu
he metallic monolith operation. The representative re
re shown inTable 3andFig. 13. It is of a prime importanc

o arrange co-feeding the reactants in the right propo
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Table 2
Experimental data of fuel reforming over one metallic honeycomb monolith

Parameter Experimental mode

1 2 3 4

Flow rates Isooctane: 0.757 kg/h, air:
3.00 m3(n)/h,Q= 3.15 nm3/h,
O2/C = 0.53,Tin = 205◦C

Isooctane: 0.757 kg/h, air:
3.00 m3 (n)/h, water: 0.735 kg/h,
Q= 4.1 m3 (n)/h, O2/C = 0.53,
H2O/C = 0.8,Tin = 265◦C

Gasoline: 0.893 kg/h, air:
3.58 m3 (n)/h,Q= 3.75 m3

(n)/h, O2/C = 0.53,
Tin = 220◦C

Gasoline: 0.893 kg/h, air: 3.58 m3

(n)/h, water: 1.14 kg/h,
Q= 5.17 m3 (n)/h, O2/C = 0.53,
H2O/C = 1.0,Tin = 280◦C

Contact time (s) 0.105 0.081 0.092 0.064
Superficial velocity
(m (STP)/s)

0.38 0.5 0.45 0.63

Front-face catalyst
temperature (◦C)

1033–1067 985–957 1185–1085a 1063–1058

Back-face catalyst
temperature (◦C)

903–951 913–892 1087–1076a 1001–1003

Synthesis gas (dry) composition (mol%)
H2 26–27.3 31–31.6 22.8–22.2a 27.5
CO 22.2–24.8 19.2–17.7 27.1–26.3a 17.4
CO2 0.4–2.7 4.5–6.0 Trace–0.3a 7.1
N2 49–53.0 44.5–49.1 50.4–51.4a 49.4
CH4 Trace–0.2 0.1–0.3 0.4–0.4a Trace
C2–C3 0 0 0 0

a Data with T2 thermocouple temperature of 520◦C.

over entire range of throughputs. The fuel–oxygen ratio is
the most important tunable parameter that can affect the
reforming performance. Only two percent altering in the air
flow rate at the same amount of gasoline causes pronounced
variation in both the catalyst temperature and reformate
composition.Fig. 13 illustrates the influence of an air/fuel
ratio on both synthesis gas composition and the temperature
in selective catalytic oxidation of gasoline with air over the
metallic monolith. Both hydrogen and CO concentrations
decline, as the feed becomes leaner. Contrary to observations
in reforming process over microchannel ceramic monolith,
where the temperature gradient along the monolith length
grows in similar conditions, the increase of the air/fuel ratio

causes the back-face metallic monolith temperature to in-
crease while the front-face temperature changes only slightly.
It stems due to the high thermal conductivity for the metallic
monolith. Hence, thermal axial (longitudinal) gradient is
minimized in the metallic monoliths. A similar trend was
observed for the radial (transversal) catalyst temperature.
Maximum difference of 60◦ was detected between the axial
and wall temperatures in the reactor with the metallic mono-
lith against the difference of 90◦C for microchannel ceramic
catalyst.

In the experiments concentration of CO2 was less then
0.5 mol%, while CH4 and C2-3 by-products were not detected
at all.

Table 3
Experimental data of fuel reforming over two metallic honeycomb monoliths

Parameters Experimental mode

1 2 3 4

Flow rates Gasoline: 0.893 kg/h, air:
3.31 m3 (n)/h,Q= 3.51 m3

(n)/h, O2/C = 0.48,
Tin = 220◦C

Gasoline: 1.86 kg/h, air:
6.90 m3 (n)/h,Q= 7.32 m3

(n)/h, O2/C = 0.48,
Tin = 206◦C

Gasoline: 0.893 kg/h, air: 3.38 m3

(n)/h, water: 1.14 kg/h, Q = 5 m3

(n)/h, O2/C = 0.49, H2O/C = 0.9,
Tin = 290◦C

Gasoline: 1.86 kg/h, air: 6.98 m3

(n)/h, water: 2.3 kg/h,
Q= 10.18 m3 (n)/h, O2/C = 0.48,
H2O/C = 0.86,Tin = 250◦C

Contact time (s) 0.19 0.09 0.13 0065
Superficial velocity
(m (STP)/s)

0.42 0.9 0.6 1.23

Front-face catalyst
t

1081 1117 992 958

B
t
S

emperature (◦C)
ack-face catalyst

emperature (◦C)
963 1000

ynthesis gas (dry) composition (mol%)
H2 23.9 24.8–24.7
CO 28.6 27.7–28.7
CO2 Trace Trace–0.4
N2 50.3 51.6–51.7
CH4 0.4 trace–0.1
C2–C3 0 0
971 898

29.5 30.6–30.3
18.6 18.0–18.8
7.2 7.3–7.0
47.0 46.3–50.5
Trace Trace

0 0
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Fig. 13. The influence of the O2/C ratio on H2 and CO concentrations in the
product gas produced in gasoline partial oxidation (open symbols), front- and
back-face temperatures over two metallic monoliths bed (closed symbols)
for 0.893 kg/h gasoline flow rate.

The influence of altering throughput (0.893 and 1.86 kg/h
gasoline flow rate) on the metallic monolith operation in
the partial oxidation and autothermal reforming processes is
demonstrated by the results listed inTable 3. A ratio slightly
lower than syngas stoichiometry was used for the experimen-
tal reactor tests. In the experiments being differed in through-
puts, nearly identical feed compositions were applied. It can
be seen that in both tests, namely partial oxidation (modes 1
and 2 inTable 3) and autothermal reforming (modes 3 and
4 in Table 3), the products are basically the same. A small
difference in the catalyst temperatures was observed in spite
of the different heat generation in the reforming process. Mo-
lar ratio of hydrogen to carbon monoxide (H2/CO) in syngas
produced in gasoline partial oxidation is≈0.84–0.9 at the
theoretical value 0.93.

4. Summary

The research of pilot plant scale explores syngas formation
from such liquid fuels as isooctane and gasoline by selective
catalytic oxidation in nearly adiabatic short contact time re-
actor at representative throughputs. Original monolithic cat-
alysts on different supports, viz. microchannel ceramics and
metallic honeycomb structure have been employed in the ex-
p have
b

f tun-
a er-
a cat-
a high
a po-
n er-
a by
e ac-
c fore
t ition
a This

phenomenon can be favorable for syngas production because
a milder catalyst temperature mode is created. Minimal both
longitudinal and transversal temperature gradients were ob-
served in the metallic catalytic monoliths in comparison to
the microchannel ceramic monoliths. This feature is particu-
larly important for the selective oxidation short contact time
process, because lower thermal stresses and deformations in
the metallic monolith based catalysts can occur.

Acknowledgments

Financial support from ISTC 2529 and Integration Project
39 SB RAS is gratefully acknowledged.

References

[1] C. Song, Fuel processing for low-temperature and high-temperature
fuel cells: challenges, and opportunities for sustainable development
in the 21st century, Catal. Today 17 (1–2) (2002) 17–49.

[2] M. Krumpelt, T.R. Krause, J.D. Carter, J.P. Kopasz, S. Ahmed, Fuel
processing for fuel cell systems in transportation and portable power
applications, Catal. Today 17 (1–2) (2002) 3–16.

[3] L.J. Pettersson, R. Westerholm, State of art of multi-fuel reformers
for fuel cell vehicles: problem identification and research needs, Int.
J. Hydrogen Energy 26 (2001) 243.

and

fuel

sis
atal.

.N.
htoff,

oxi-
cane,
.
01)

[ nd re-
uce

003)

[ il-
cy-

[ Dy-
v,

[ .Yu.
u.
n,

[ urce

[ gas
y 81

[ s of
eriments. Both the feed composition and throughputs
een varied.

These experiments demonstrated that over a range o
ble parameter O2/C = 0.50–0.53 required for syngas gen
tion, equilibrium synthesis gas was produced over the
lysts employed, thus proving some evidence of their
ctivity and selectivity. Composition of the active com
ent in the frontal part of monolith affects an axial temp
ture profile, while the product composition was ruled
quilibrium at the back-face temperature. Pre-reforming
ompanied with releasing of some chemical energy be
he catalytic monolith can occur. Both a feed compos
nd superficial velocity affect the pre-reforming process.
[4] F. Joensen, E.R. Rostrup-Nielsen, Conversion of hydrocarbon
alcohols for fuel cells, J. Power Sources 105 (2002) 195.

[5] D.L. Trimm, Z.I. Onsan, Onboard fuel conversion for hydrogen-
cell-driven vehicles, Catal. Rev. Sci. Eng. 43 (2001) 31–84.

[6] R.P. O’Connor, E.J. Klein, L.D. Schmidt, High yields of synthe
gas by millisecond partial oxidation of higher hydrocarbons, C
Lett. 70 (3) (2000) 99–107.

[7] L.D. Schmidt, E.J. Klein, C.A. Leclerc, J.J. Krummenacher, K
West, Syngas in millisecond reactors: higher alkanes and fast lig
Chem. Eng. Sci. 58 (3–6) (2003) 1037–1041.

[8] J.J. Krummenacher, K.N. West, L.D. Schmidt, Catalytic partial
dation of higher hydrocarbons at millisecond contact times: de
hexadecane, and diesel fuel, J. Catal. 215 (2) (2003) 332–343

[9] S. Ahmed, M. Krumpelt, Int. J. Hydrogen Energy 26 (20
291–301.

10] Manuel Pacheco, Jorge Sira, John Kopasz, Reaction kinetics a
actor modeling for fuel processing of liquid hydrocarbons to prod
hydrogen: isooctane reforming, Appl. Catal. A: Gen. 250 (1) (2
161–175.

11] R.P. O’Connor, E.J. Klein, D. Henning, L.D. Schmidt, Tuning m
lisecond chemical reactors for the catalytic partial oxidation of
clogexane, Appl. Catal. A: Gen. 238 (2003) 29.

12] S.N. Pavlova, S.F. Tikhov, V.A. Sadykov, O.I. Snegurenko, Yu.N.
atlova, I.A. Zolotarskii, V.A. Kuzmin, L.N. Bobrova, Z.Yu. Vostriko
Patent Appl. RU 2,003,130,311 (13 October 2003).

13] S.N. Pavlova, S.F. Tikhov, V.A. Sadykov, O.I. Snegurenko, V
Ulianitskii, T.G. Kuznetsova, I.A. Zolotarskii, V.A. Kuzmin, Z.Y
Vostrikov, L.N. Bobrova, V.A. Kirillov, V. Sobyanin, V. Parmo
Patent Appl. RU 2,003,130,314 (13 October 2003).

14] A. Docter, A. Lamm, Gasoline fuel cell systems, J. Power So
84 (1999) 194–200.

15] S. Marengo, P. Comotti, G. Galli, New insight into the role of
phase reactions in the partial oxidation of butane, Catal. Toda
(2003) 205–213.

16] B. Lewis, G. von Elbe, Combustion, Flames and Explosion
Gases, Academic Press, Orlando, 1987.


	Syngas formation by selective catalytic oxidation of liquid hydrocarbons in a short contact time adiabatic reactor
	Introduction
	Experimental
	Catalysts
	Experimental apparatus and materials
	Flow scheme
	Reactor

	Methods

	Results
	Thermodynamic considerations
	Effect of the fuel/air ratio
	Effect of the water/fuel ratio

	Experimental results
	Microchannel monolith (Table 1)
	Metal honeycomb (FeCrAl) monolith (Table 1)
	Load of one monolith
	Load of two monoliths



	Summary
	Acknowledgments
	References


